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ZSM-5 membranes were prepared and their performance for methanol separations from synthesis gas
was evaluated. The experimentally observed permeances at room temperature for the ZSM-5 membranes
were 0.3,1,12 and 18 x 10-7 molm~2s~! Pa~! for Hy, CO,, CH30H and H,O0, respectively, which resulted
in a separation factor o methanol/H, of about 30. For a stoichiometric feed, the one pass COx-conversion
for a traditional methanol process is about 26% per pass, which requires a recirculation loop with the asso-
ciated disadvantages. By assuming that the same membrane performance could be obtained at industrial
conditions, it was shown by mathematical modeling that a ZSM-5 membrane reactor could reach 97%
COx-conversion per pass, while a ZSM-5 membrane module process could reach 81% conversion per pass
for a stoichiometric feed. As a result of the high conversion per pass for the membrane processes, one
pass design with the associated advantages is possible for these processes. A membrane module based
system is preferable over a membrane reactor of practical reasons. However, similar performance to the
membrane processes can of course be achieved with a one pass process comprised of a series of methanol
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reactors, reactor effluent heat exchangers, coolers and condensers.
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1. Introduction

Black liquor is an internal biomass stream in pulp mills, which
contains dissolved lignin and cooking chemicals. The only demon-
stration plant for pressurized black liquor gasification is operated
atalarge mill in Pited, Sweden. It is unlikely that the recovery boiler
in existing plants can be replaced by gasification plants in the first
step, since a recovery boiler represents a very large investment.
However, the recovery boiler is often the bottleneck in a pulp plant
and if as much as 25% of the black liquor produced in a large pulp
mill is gasified in order to increase the pulp production capacity,
about 70,000 ton of methanol can be produced per year. Due to
the complexity of the processes and in order to arrive at favorable
economy, the production capacity in new plants for production of
methanol from fossil fuels exceeds 1000,000 ton of methanol per
year. The production capacity of bio-fuels in the example of a for-
est based biorefinery described above is thus <7% of the capacity
of plants utilizing fossil fuels, which calls for development of more
cost effective processes such as membrane processes.

Ithas been shown earlier [1,2] that the use of membrane reactors
could increase the productivity of a conventional methanol syn-
thesis process by increasing the one pass conversion of a hydrogen
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rich synthesis gas. However, there are a number of possible designs
for this process and these have not been evaluated and compared
as will be done in the present work. Also, the advantages of mem-
brane processes are greatest for stoichiometric feeds rather than for
hydrogen rich synthesis gas. Furthermore, previous works mostly
consider hypothetical membranes, while the present work is based
on permeation data for a real ZSM-5 membrane.

2. Experimental

Porous graded a-alumina discs (Inocermic GmbH, Germany)
were used as membrane supports. The supports were masked
and seeded as described previously [3] and were subsequently
hydrothermally treated in a hydrolyzed synthesis solution at 100 °C
for 27 h, under atmospheric pressure and reflux. The molar compo-
sition of the synthesis mixture was 3 TPAOH:0.25 Al,03:Na,0:25
Si0,:1600 H,0:100 EtOH. After synthesis, the membranes were
rinsed in a 0.1 M NHj3 solution for 24h, and calcined at 500°C
for 6 h. The heating and cooling rates for calcination were 0.2 and
0.3 °C/min, respectively.

A Wicke-Kallenbach setup was used for the separation experi-
ments. The membranes were mounted in a stainless steel cell with
graphite gaskets. In order to remove adsorbed species, the mem-
branes were heated overnight at 300°C in a flow of pure helium.
The separation experiments were performed at 25°C. Three mass
flow controllers and two saturators in thermostat baths were used
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Table 1

Catalyst, feed, reactor and membrane specifications.
Parameter Value Parameter Value
Catalyst Reactor
Catalyst density 1775 kg/m3 Tot. reactor length 16 m
Catalyst pellet diameter 0.0042 m Reactor tube L.D. 0.0254m
Void fraction of bed 0.4 Membrane

Tot. memb. area 450 m?

Feed? Memb. tube O.D. 0.01m
Stoichiometric number of feed 2 Membrane module length 4m
CO/CO, ratio in feed 2.75 Sweep gas and Cooling
Concentration of inert in feed 2% Sweep gas per MRP tube 1.200 mol/s
Inlet temperature of feed 513K Sweep gas per MMP tube 0.450 mol/s
Inlet pressure of feed 80 bar Sweep gas pressure 70 bar
Fresh feed to each TRP tube 0.170 mol/s C.W. temp. TRP 533K
Feed to each MRP tube 0.270 mol/s C.W. temp. MRP 513K
Feed to each MMP tube 0.390 mol/s C.W. temp. MMP 513, 523,533K

2 No water in the feed.

to achieve a feed gas composition of 5.8 kPa methanol, 40 kPa Hj,
10kPa CO, and 0.6 kPa H,0, with helium balance to atmospheric
pressure. Except for the absence of CO and the helium balance, this
feed mixture is similar in composition to a methanol reactor efflu-
ent. The feed flow rate was 1000 ml/min and the sweep gas (helium)
flow rate was 150 ml/min. Quantitative analysis of the gas composi-
tions was performed online using a Varian 3800 GC equipped with
a thermal conductivity detector.

3. Process and model description

The mathematical model for simulating the processes con-
sidered in the present work was developed using the following
assumptions: one dimensional plug flow in the reactors and mem-
brane modules, ideal gas, no radial diffusion resistance in the
catalyst pellets, no axial dispersion of heat along the reactors. In the
overall systems, the energy balances were neglected. In all reactors,
the catalyst was diluted 35% compared to a conventional reactor
[4] in the first 4 m of the reactors due to the large heat develop-
ment associated with a stoichiometric feed and product removal
in the membrane processes. Also, the activity of the catalyst was
assumed to be 70% of that of a fresh catalyst [4]. The tube diameter
is 38 mm in the Lurgi process [5] and a smaller diameter (25 mm)
was used here for all three processes for better temperature control.
The main implication of diluted catalyst and reduced tube diameter
is better temperature control in all processes. Better temperature
control was only needed in the membrane processes, but to allow
straightforward comparisons, the same dilution and tube diameter
was applied in the simulations of all processes.

The traditional reactor process (TRP), represented here by the
Lurgi low-pressure process [5], see Fig. 1a, consists of a water-
cooled tubular reactor in which the feed-effluent heat exchanger
preheats the recycled synthesis gas to the reactor inlet. Crude
methanol, i.e. a mixture of methanol and water, is condensed and
separated from the reactor effluent in a condenser, while unreacted
synthesis gas is compressed and recycled to the reactor. The recycle

ratio is 3.8, which is suitable for the stoichiometric feed considered
here and 2% of the recycled gas is purged, in order to not accumulate
too much inert components in the TRP.

The traditional reactor is 16 m long and consists of 1460 steel
tubes, which are filled with spherical pellets with a diameter of
4.2 mm consisting of Cu/Zn0O/Al,03 catalyst. The total mass of cat-
alyst in the reactor is 11ton. The reactor tubes are cooled with
boiling water at 533K from a steam drum (not shown in the flow
sheets) generating medium pressure steam. Parameters for the TRP
are summarized in Tables 1 and 3.

The mass and energy balance and the Ergun equation for the
water-cooled tubular reactor are:
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The boundary conditions for the water-cooled tubular reactor
are:

=Py, F

P‘z:O z=0 _ |10 T z=0 — To (4)
The overall heat transfer coefficient, U, between the circulating
boiling water on the shell side and the gas flow on the reaction side

was estimated from:
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Do o (5)
where h; is the heat transfer coefficient between the packed bed and
the tubular wall of the reactor and h,, is the heat transfer coefficient
between the tubular wall on the outer side and the cooling water,
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Fig. 1. Traditional reactor process (a), membrane reactor process (b) and membrane module process (c) for methanol synthesis considered in this work.
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which is obtained by the correlations [6,7]:
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In the membrane reactor process (MRP) considered here, see
Fig. 1b, the synthesis gas is not recycled as in the TRP. The synthesis
gasis fed to the reactor and permeate from the membrane is sent to
a condenser, and raw methanol is separated from the permeate by
condensation. The permeate leaving the separator is then used as
sweep gas. The retentate from the reactor is purged. The membrane
reactor consists of 900 steel tubes, which are filled with catalyst.
The dimensions of the steel tubes and catalyst particles in the MRP
are identical to the TRP. A ZSM-5 zeolite membrane supported on
the outer side of an alumina tube is placed in the centre of each
steel tube in the reactor. The outer diameter of the alumina tubes
is 10mm and the total membrane area is 450 m2. The catalyst is
thus surrounding the membrane and the total mass of catalyst is
5.9 ton. The reactor is cooled with boiling water with a temperature
of 513K on the outer side of the steel tubes generating medium
pressure steam from a steam drum (not shown in the flow sheets).
Parameters for the MRP are listed in Tables 1 and 3.

The mass and energy balance for the membrane reactor are:
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The boundary conditions for the membrane reactor are:
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The overall heat transfer coefficient, Us, between the gas flow on
the reaction side and the sweep gas flow on the inside of the mem-
brane tube was estimated in the same way as in Eq. (5), where the
heat transfer coefficient between the sweep gas and the membrane
with support was obtained by the correlation [7]:
hm = 3.66k—c (13)

Dm

The membrane module process (MMP) evaluated in the present
work, see Fig. 1¢, consist of four sections with 4 m long water-cooled
tubular reactors in each section. The inner diameter of the reactor
tubes is the same as in the other reactors and the number of reactor
tubesin each reactoris 755 and the total number of tubes in the four
reactors is thus 3020. The total catalyst mass is the same as in the
MRP (5.9 ton). The four reactors are placed in series with membrane
modules after each reactor and the total membrane area is 450 m2.
The membrane modules consist of 895 ZSM-5 zeolite membrane
tubes with an outer diameter of 10 mm that separate methanol and
water from the synthesis gas at reaction temperature. The zeolite

Table 2

Kinetic and equilibrium constants [4].
k=Aexp(B/RT) A B
ka [bar—1/2] 0.499 17,197
kg [bar~1] 6.62e—11 124,199
ke [-] 345338 =
kp [mol kg1 s~! bar2]2 1.07 36,696
kg [molkg=1s~1bar1]2 1.22e10 —94,765
Keq=104T=5) A B
Keq" [bar2] 3066 10.592
Keq? [-] 2073 2.029

2 The rate constants kp and kg are multiplied with 0.7 in the model to reflect the
activity of a used catalyst.

film is positioned on the outer side of each tube. Crude methanol is
separated from the membrane permeate streams by condensation
in a condenser and the retentate from the last membrane module
is purged. Synthesis gas from the condenser is used as sweep gas
in the membrane modules. The sweep gas is fed co-currently in the
module while the synthesis gas from the reactor is fed to the centre
of each membrane tube. The module tubes consist of 6 equally large
sections in which the sweep gas is fresh for each section, while the
retentate from each section is sent to the next section. The perme-
ate from each module is sent to the condenser. In each reactor in
the MMP, the cooling water temperature is set independently. The
cooling water is fed from four steam drums (not shown in the flow
sheets). Parameters for the MMP are listed in Tables 1 and 3.

The mass balance with boundary conditions for the membrane
modules are:

dF;

& = JiAPiampp (14)
Wi _ fiapians (15)
Fi|,_o=Fo: Fsl,_o="Fso (16)

Methanol formation occurs through two independent reactions,
i.e. hydrogenation of carbon dioxide and the reverse water-gas shift
reaction Here, the kinetics for these reactions are described by a
Langmuir-Hinselwood Hougen-Watson model [4] by the following
equations with constants as in Table 2:

kpPco, P, [1 — (Pr,0PcH0 /PR, Pco, Kig)]

TCH30H = VB (17)
kepco,[1 = (PH,0Pco/Peo, PH, KZg)]
TRWGS = i (18)
PH,0
M=1+kc (p]j ) + ka~/PH, + KBPH,0 (19)
2

To solve the ordinary differential equations above an implicit
Runge-Knutta method was used. Permeation rates depend on
the partial pressures, and the composition of the feed to reactor
depends on the recycled flow. An iterative method was thus used
to determine these variables and MATLAB R2008b (MathWorks,
Inc.) was used for numerical solution.

4. Results and discussion

The prepared ZSM-5 membranes, shown in Fig. 2, are comprised
of well intergrown crystals and the film thickness is about 500 nm.

The observed permeances for the ZSM-5 membranes in mix-
ture separation experiments at room temperature were 0.3, 1,
12 and 18 x 10" molm~2s~1Pa~! for Hy, CO,, CH30H and H,O0,
respectively. The methanol permeance is five times higher than for
previously reported zeolite membranes [8,9]. The resulting separa-
tion factor o methanol/H, was about 30, and o methanol/CO, was
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(b)

Fig. 2. SEM images of (a) the surface and (b) the cross-section of a ZSM-5 membrane.

about 9. In the present work, it was assumed that the same mem-
brane performance would be obtained at reaction conditions as that
experimentally observed at room temperature and atmospheric
pressure. The selectivity of the ZSM-5 membrane is adsorption gov-
erned. In any adsorption governed separation processes, separation
is achieved at conditions when there is a large difference in adsorp-
tion between the components. If both temperature and pressure is
increased, these favorable conditions may be maintained. The sep-
aration in the ZSM-5 membrane is caused by strong adsorption of
methanol and water and only weak adsorption of hydrogen and
CO, in the pores. The permeances of CO, and H; are very high when
no water or methanol is present in the feed. Selectivity would be
lost when only temperature is increased since adsorption of water
and methanol, that block the pores for transport of CO, and H,
is reduced when the temperature is increased. It is possible that
this pore blocking effect, which leads to selective membranes, also
would be observed at reaction conditions. At reaction conditions,
the pressure of methanol and water is much higher than in our sep-
aration experiments, which may lead to pore blocking and selective
membranes also at the higher temperatures at reaction conditions.
The permeances may also be similar at the process conditions con-
sidered in the present work. The higher pressure gradient applied
in the considered process than in the experiments may lead to a
reduced permeance. However, this reduction may be counteracted
by a lower relative mass transfer resistance in the support at higher
pressures since the transport by Poiseuille flow in the support is
improved at high pressure [10]. It was also assumed that the CO
and N, permeances were identical to the H, permeance.

Based on the experimental data for membrane performance and
literature data for catalyst performance, the processes described
in Fig. 1 were evaluated, for a production of 70,000 ton methanol
per year using a stoichiometric feed with 2% inert (N,) and a feed
pressure of 80 bar. Benchmarking against published data on a tra-
ditional reactor process (Lurgi low-pressure process) showed that
the model prediction was satisfactional [5].

Table 3 shows results from simulations of the modeled pro-
cesses. The total flow to the condensers is quite high in all processes
and somewhat higher for the MMP and MRP compared to the TRP.
The flow to the condenser is high in the TRP due to the recycle of
synthesis gas in this system. The flow to the condensers is also high
in the membrane processes due to the high flow of sweep gas used.
In principle, the sweep gas flow rate can be reduced to minimize
the flow to the condensers in the membrane processes. However,
for an effective membrane process, the sweep gas flowrate must be
sufficiently high, to maintain sufficient driving force for transport
through the membrane. For more selective membranes, the flow to
the condensers could be reduced further.

The membrane processes require about half the catalyst mass of
the TRP due to the selective removal of products, which increases
the reaction rate, and due to that no recirculation, which leads to
accumulation of inert (see Table 3), is applied. The hydrogen loss

is highest in the MMP due to the lower overall conversion in this
process, which will be discussed below. Some reactants thus leave
the processes with the retentate from the last membrane module
and also with the purge. However, the energy in these streams could
be recovered in a boiler. Obviously, with a more selective ZSM-5
membrane, the maximum COx-conversion would increase and the
hydrogen loss would be reduced for the MMP.

The pressure drop is quite high in the TRP due to the high flow
rate in this reactor, which is caused by the recirculation of synthesis
gas, while the pressure drop is almost insignificant in the mem-
brane processes. In addition, a compressor is needed in the TRP to
recompress the recycled gas, which is not needed in the membrane
processes (MMP and MRP) due to the one pass design.

Fig. 3a shows the temperature along the reactor length for the
three processes. The temperature reaches the catalyst sintering
temperature after about 1 m in the TRP and levels out at the cool-
ing water temperature (533 K) in the last part of this reactor. In
the membrane processes, the reaction rate is higher due to a more
concentrated feed with less inert and the removal of products,
which results in more uneven temperature profiles. Due to the
high reaction rate in the membrane processes, it was necessary
to reduce the catalyst tube diameter from 38 mm as in the Lurgi
process, to 25 mm, and to dilute the catalyst 35% in the first 4m
of the reactors to limit the maximum catalyst temperature below
the sintering temperature. For the sake of simplicity and to facil-
itate direct comparisons between the processes, this reactor tube
diameter and catalyst dilution was used in all cases. It was further
necessary to also reduce the cooling water temperature 20-513 K
in the MRP to reduce the maximum catalyst temperature below the
sintering temperature. In the MMP, the cooling water temperature
was reduced with 20-513 K in the first two reactors to reduce the
maximum catalyst temperature below the sintering temperature.
The cooling water temperature was then set 10 and 20K higher
for reactor three and four, respectively, in order to compensate for
the decreased reaction rate in these reactors due to the increased

Table 3

Comparative data for the different processes.
Specification TRP MRP MMP
Flow to condenser [kmol/h] 3810 4200 5230
Catalyst mass [ton] 113 5.9 5.9
Hydrogen loss [kmol/h] 38.0 215 178.4
Pressure drop [%] 173 13 1.0
Recycle ratio [-] 3.8 0 0
Inert concentration? [%] 21-23 2-17 2-8
Number of reactor tubes 1460 900 3020
Number of membrane tubes 0 900 3580
Length of membrane tubes [m] 0 16 4
COy-conversion per pass [%] 26 97 81
COy-conversion overall [%] 98 97 81

@ Reactor entrance—reactor exit.
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Fig. 3. Temperature (a) and methanol concentration (b) as a function of reactor length for the three processes.

concentration of inert. The temperature in the MRP reaches its max-
imum after about 1 m and is then quickly approaching the cooling
water temperature, except for a little excursion after 4 m of reactor
length, when the catalyst is no longer diluted. The temperature in
the MMP varies more due to the modular design of this process and
the different cooling water temperatures.

Fig. 3b shows the methanol concentration along the reactor
length of the three processes. The highest methanol concentration
is observed for the MMP, which is explained by the more concen-
trated feed with less inert compared to the TRP and that methanol
is not continuously removed as for the MRP. The MMP could be
optimized by a more suitable distribution of membrane area in the
four membrane modules (larger area in the first module), which
may allow complete removal of methanol between each reactor in
the MMP. The MMP could also be optimized with respect to the
reactor length, since a large part of the catalyst mass operates close
to equilibrium in the last two reactors in the design considered here.
For the sake of simplicity, in this work, the membrane area in each
module was set to 1/4 of the total membrane area, and the length
of each reactor was set to 1/4 of the total reactor length, which is
not optimal for the MMP. As opposed to the MRP, the degrees of
freedom are quite large in the MMP process, which opens up for
further optimization of this system.

As illustrated by Fig. 4, it is possible to reach about 97%, 81% and
26% COx-conversion per pass, fora MRP, MMP and TRP, respectively.
However, the overall COx-conversion is equal the one pass conver-
sion for the membrane processes but for the TRP it is as high as 98%
due to the recycle of synthesis gas. Due to COx and H; loss through

100
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Fig. 4. CO«-conversion for the three processes.

the membranes, it is not possible to reach 100% COx-conversion
using the membrane processes. However, with a more selective
ZSM-5 membrane, higher conversion could be achieved using the
membrane processes.

5. Conclusions

Provided that the same performance as observed at room
temperature and atmospheric pressure is obtained at reaction con-
ditions, the performance of our current ZSM-5 membranes seems
sufficient in order to improve the methanol synthesis process. This
work shows that the MRP is the best alternative with the highest
conversion per pass enabling one pass operation for a stoichio-
metric feed in commencing biorefineries, and even more selective
membranes would of course improve the membrane processes
(MRP and MMP) even further. A membrane module configuration
(MMP) is better from a practical point of view since catalyst and
membrane is separated and by adding more membrane units, the
performance of the MMP will approach the MRP. Also, a MMP has
more degrees of freedom compared to a MRP wich allows fur-
ther optimization of the MMP. However, a similar system to the
MMP could be designed by replacing each membrane module by
a reactor effluent heat exchanger, a cooler and a condenser. A dis-
advantage with the latter process would be a higher complexity
of the processes compared to the currently used TRP. Membrane
processes would be more preferable in systems that not only are
limited by thermodynamic equilibrium, but also have selectivity
issues, such as in the synthesis of higher alcohols from synthesis
gas.
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